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In this chapter, classical membrane separation
processes are treated as unit operations. Various
process designs and operation concepts are dis-
cussed. For other applications of membrane
separation processes in ion exchange and elec-
trochemical synthesis see ! Ion Exchangers,
Section 12.1.10 ! Fuel Cells, Sectiom 3.1.2
! Chlorine, Chapter 4 [24]. Facilitated-
transport and membrane reactors are still in an
early state of development and so far used mainly
on a laboratory scale. The same is true for
membrane distillation and membrane contactors.

1. Ultrafiltration, Microfiltration,
and Reverse Osmosis

Microfiltration, ultrafiltration, and reverse osmo-
sis have many chemical engineering aspects and
process design features in common. In all three
processes a hydrostatic pressure is utilized as
driving force to transport certain components
through a membrane which shows different per-
meability for different components. As a result a

feed solution is converted into a filtrate and a
retentate. The filtrate contains all components
that have permeated the membrane, and the
retentate contains the components that are re-
tained or rejected by the membrane. The design
of a microfiltration, ultrafiltration, or reverse
osmosis process is illustrated in Figure 1.

The performance of a membrane in a pressure-
driven separation process is determined by its
filtration rate, the membrane flux, and by the
membrane separation properties. Membrane flux
and separation properties are a function of mem-
brane permeability for the different components
of the solution and the applied hydrostatic pres-
sure. But they are also determined by process and
systems design.

1.1. Recovery Rate, Membrane
Rejection, Retentate and Filtrate
Concentrations

The separation capability of a membrane in
reverse osmosis or ultra- and microfiltration can
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be expressed in terms of membrane rejection
which describes the ‘‘true’’ rejection of a mem-
brane. The true rejection of the membrane is
given by:

R ¼ 1�Cf
i

Cr
i

� �
ð1Þ

where R is the rejection of the membrane for a
given component i at a defined hydrostatic
pressure and feed solution concentration, and
Ci

f and Ci
r are the concentrations of rejected

components at a given point at the surface of
the membrane facing the filtrate and at the
surface facing the retentate, respectively. At a
given temperature and pressure the rejection
depends only on the membrane properties.

In many practical applications it is more
convenient to express the rejection in reference
to the feed solution:

R0 ¼ 1� Cf
i

Co
i

� �
ð2Þ

where R0 is the rejection in reference to the feed
entering a filtration device and to the filtrate
leaving the device after a certain amount of the
feed has been recovered as filtrate.

Thus, the rejection in reference to the feed is a
function of the recovery rate, which is given by
the ratio of the filtrate to the feed volume.

D ¼ V f

Vo
ð3Þ

where D is the recovery rate and Vf and Vo are
volumes of the filtrate and the feed solution.

Since in a practical application the concentra-
tion in the retentate is limited by factors such as
osmotic pressure and viscosity, the solvent of the
feed solution can not be completely recovered
as filtrate. The recovery rate has a value between
0 and 1.

The concentrations in the retentate and the
filtrate are not only determined by true membrane

rejection R, but they are also a function of the
recovery rate and of the operational parameters
such as cocurrent or countercurrent flow of the
concentrate and permeate solutions in the mem-
brane device. For a simple batch-type filtration
with complete mixing of the retentate and filtrate,
as illustrated in Figure 2, the membrane flux is
identical over the entire membrane area, and the
relation between the concentration of retentate,
filtrate, and feed solutions is given by a mass
balance:

VoCo
i ¼ V rCr

iþV fCf
i ð4Þ

where Ci
o, Ci

r, and Ci
f are the concentrations in

the feed solution, in the retentate, and in the
filtrate.

If concentration polarization effects are
neglected the true membrane rejection can be
calculated according to Equation (1) by assuming
infinitesimal volume change, that is, the recovery
rate approaches 0.

The concentration of a component in the
retentate and filtrate at a given recovery rate is
obtained from the mass balance by integration
over the recovery rate:

Cr
i ¼ Co

i ð1�DÞ�R ð5Þ

The concentration in the filtrate is directly
proportional to that in the retentate. Thus, for a
given recovery rate, the filtrate concentration at
any given time is found by introducing Equation
(1) into Equation (5):

Cf
i ¼ Co

i ð1�RÞð1�DÞ�R ð6Þ

The filtrate concentration expressed in Equation
(6) is the concentration corresponding to a given
recovery rate, that is, during an infinitely small
time interval. For most practical applications,
however, the filtrate concentration obtained
during an infinitely small time interval and at a

Figure 1. Process scheme of ultrafiltration, microfiltration,
and reverse osmosis

Figure 2. Schematic illustrating a batch filtration with com-
plete mixing of filtrate and retentate
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certain recovery rate is of less interest than the
mixing cup concentration [2], which is obtained
when the entire filtrate up to a given recovery rate
is collected and mixed. The mixing cup filtrate
concentration C�i f can be calculated by integra-
tion of Equation (5):

C�i f ¼
Co
i

D
½1�ð1�DÞ1�R� ð7Þ

The mixing cup concentration is always lower
than the concentration obtained during an infi-
nitely short time period at a certain recovery rate.
Figure 3 shows the retentate, filtrate, and mixing
cup concentrations as a function of recovery rate
for three different membrane rejection coeffi-
cients (R¼ 0.99, 0.9, 0.8, and 0.5).

Figure 3 shows that the retentate concentra-
tion strongly depends on the recovery rate and
reaches high values for membranes with high
retention properties. The concentration in the
filtrate also depends on the recovery rate and
reaches high values for membranes with low
retention properties. The mixing cup filtrate con-
centration increases less strongly with recovery
rate, especially for membranes with high reten-
tion properties, and approaches its maximum
value of 1 at a recovery rate of 1.

In membrane evaluation or characterization
tests, the rejection R of a membrane can be
calculated from two easily measurable values:
the mixing cup filtrate concentration C�i f and
feed concentration Ci

o.

R ¼ 1�
ln 1� C�i fD

Co
i

� �

lnð1�DÞ ð8Þ

The significance of the mixing cup and maxi-
mum retentate concentrations can be illustrated
in practical examples. For instance, in the
production of potable water from seawater or
brackish water, the concentration of total dis-
solved salts in the filtrates should not exceed
500 mg/L. This concentration is the mixing cup
filtrate concentration. For given membrane
and feed solution properties it is a function of
the recovery rate and can be calculated by
Equation (7).

If the feed solution contains a solute with
limited solubility such as CaSO4 or CaCO3, the
maximum recovery rate is determined by the
maximum retentate concentration achievable
without solute precipitation. The maximum
recovery rate for given membrane and feed
solution properties can be calculated by Equation
(5).

1.2. Solute Loss in Filtration

In a membrane filtration process, the ‘‘product’’
may be either the filtrate, for example, as in the
production of ultrapure water, or the retentate,
for example, as in the concentration of proteins
from whey. For membranes that are not strictly
semipermeable some solute will permeate the
membrane with the filtrate. This may affect the
quality of the filtrate or lead to product losses.

Figure 3. Ratios of a) the retentate to feed solution concen-
tration, b) the filtrate to feed solution concentration, and c) the
mixing cup filtrate to feed solution concentration as a function
of the recovery rate calculated for different membrane
retentions
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The fractional solute loss d of a component i is
usually expressed by the amount of solute lost
with the filtrate divided by the total amount of
solute in the feed solution:

d ¼ V f C�i f

VoCo
i

¼ 1�ð1�DÞ1�R ð9Þ

whereVf andVo are the volumes of the filtrate and
the initial feed solution, C�i f is the mixing cup
filtrate concentration, Ci

o the initial feed solution
concentration, D the recovery rate, and R the
membrane rejection.

Product loss may be significant even with
membranes that have a relatively high solute
rejection when high retentate concentrations are
desired, as illustrated in Figure 4.

1.3. Effect of Osmotic Pressure on the
Filtration Rate

The main difference between reverse osmosis
and ultra- or microfiltration is the size or
molecular mass of the solutes separated from
a solution. In reverse osmosis, low molecular
mass components are separated from a solvent.
A solution of low molecular mass components
can have a significant osmotic pressure that
must be overcome by the hydrostatic pressure
applied as driving force for the separation. The
osmotic pressure is always negligibly low in
microfiltration. In ultrafiltration of macromo-
lecular solutions it may have an effect on the
filtration rate. In reverse osmosis of low molec-
ular components such as salts the osmotic
pressure plays a very important role. It often is
the limiting parameter for the maximum con-
centration that can be achieved in the retentate.

The osmotic phenomenon and the osmotic
pressure of a solution is discussed in ! Mem-
brane Separation Processes, 1. Principles, Sec-
tion 2.6.1. The osmotic pressure of a solution is
proportional to its solute concentration and
given by:

p ¼ RT
X
i

giCi ð10Þ

where R is the gas constant, T the absolute
temperature, and g the osmotic coefficient,
which is a correction factor for the nonideal
behavior of a solution, Ci the concentration of a
component i, which in a dissociated salt refers to
individual particles (i.e. cations and anions).

The membrane flux rate is determined by the
effective pressure, which is given by the differ-
ence between applied pressure and osmotic pres-
sure. Since the osmotic pressure increases with
increasing solution concentration and thus with
increasing recovery rate, the membrane flux
decreases with increasing recovery rate. In mi-
crofiltration and to a large extent also in ultrafil-
tration the osmotic pressure is negligibly low
compared to the applied pressure because of the
high molecular weight of the retained compo-
nents. Therefore, the filtration flux will be inde-
pendent of the feed or retentate concentration.
This, however, is not the case in reverse osmosis.
Here, the osmotic pressure is significant for even
modestly concentrated solutions and increases
with increasing recovery rate. In many applica-
tions of reverse osmosis the recovery rate is
limited by the osmotic pressure.

1.4. Process Operating Mode

In the practical application of filtration processes
three modes of operation are used (Figure 5).

In the batch process depicted in Figure 5a a
given feed volume is placed in a pressure vessel.
Under a hydrostatic pressure certain compo-
nents, mainly solvents, permeate the membrane
and are collected as filtrate. The components
retained by the membrane are concentrated.
When a certain concentration in the retentate is
achieved the process is terminated.

In the continuous process depicted in
Figure 5b the feed solution is continuously fed
into the filtration device, which generally
consists of a membrane-lined channel or tube.

Figure 4. Fractional solute loss in membrane filtration cal-
culated as a function of the recovery rate for different
membrane retentions

460 Membranes and Membrane Separation Processes, 2. Design and Operation Vol. 22



Under a hydrostatic pressure certain compo-
nents permeate the membrane and are collected
as filtrate, which leaves the device through an
outlet port. The retained components are con-
centrated during passage through the device and
leave at the end of the process as the retentate.
Depending on the flow velocity of the feed
solution, the geometry of the device, and the
filtration rate a certain recovery rate is achieved.
If the recovery rate achieved in one process pass
is not satisfactory a higher recovery rate can be
obtained by applying a so-called feed-and-bleed
operating mode. In this case part of the retentate
is recycled to the device inlet and mixed with the
feed solution, as shown in Figure 5c. Depending
on the retentate recycling ratio, different recov-
ery rates can be achieved. If a component is
not completely retained by the membrane its
concentration is proportional to the retentate
concentration and thus increases with increas-
ing recovery rate. If the concentration of partly
retained components in the filtrate exceeds the
desired maximum value in the given process
path length part of the filtrate may be recycled to
the feed inlet. By adjusting the ratio of the
filtrate recycled to the feed to the overall filtrate
the concentration in the filtrate can be kept to a
desired value.

1.5. Diafiltration Operating Mode

A variation of the ultrafiltration process, gener-
ally referred to as diafiltration [3], is often used
when more complete separation of micro- and
macrosolutes is required. Diafiltration is used, for
instance, to remove salts from a mixture with
proteins or other macromolecular components.
In this application it competes directly with
dialysis. The principle of diafiltration is illustrat-
ed in Figure 6.

Figure 5. Schematic illustrating different operation modes of filtration processes: a) batch process, b) continuous process, and
c) feed-and-bleed process

Figure 6. Schematic illustrating the diafiltration operating
mode
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The diafiltration membrane should retain
macromolecular components, but should be per-
meable to microsolutes. If filtrate removed from
the cell is replaced by pure solvent, the low
molecular mass constituents are gradually
washed out of the feed mixture. If the volume
of the original solution is kept constant, the
concentration in the diafiltration vessel can be
calculated as a function of the membrane reten-
tion and the volume of diafiltration rinse solution
(i.e., the pure solvent replacing the filtrate vol-
ume) by a mass balance which is:

VfC
f
i

dt
¼ �Vo

dCr
i

d t
ð11Þ

By introducing Vf¼Vw and Ci
f¼ (1�R)Ci

r into
Equation (11) and integrating over a certain time
period the concentration in the diafiltration ves-
sel can be expressed by:

Crt
i ¼ Cro

i exp�ð1�RÞVw

Vo
ð12Þ

where Ci
f and Ci

r are the concentrations of
component i in the filtrate and in the diafiltration
vessel, Ci

rt and Ci
ro the concentrations in the

diafiltration vessel at time t and at the beginning
of filtration, Vo is the volume of the diafiltration
vessel, Vf and Vw are the volumes of the filtrate
and the rinse solution added during time t, and R
is the rejection of the membrane for the compo-
nent under consideration.

If the component is completely retained by the
membrane (i.e., R¼ 1), the concentration in the
batch cell remains constant. If the membrane is
completely permeable to the component (i.e.,
R¼ 0), the concentration in the reactor decreases
according to the exponential function of Equa-
tion (12). The ‘‘rinse-out’’ effect in diafiltration is
illustrated in Figure 7a, which shows the reduced
concentration in the diafiltration process as a
function of the ratio of the rinse water volume
to diafiltration vessel volume calculated for
different membrane rejections.

If the macromolecular constituents are only
partially rejected by the membrane, a substantial
loss of product occurs. If complete removal of the
low molecular mass components without substan-
tial loss of macromolecular material is desired,
rejection of the membrane should be close to zero
for the component low in molecular mass and
close to one for the macromolecular material.

As in ultrafiltration, product losses may be
significant, for example, if the membrane does
not reject the macromolecules completely in
desalting a macromolecular solution. The frac-
tional product loss d is then given by

d ¼ V f C�i f

VoCo
i

¼ 1�exp�ð1�RÞVw

Vo
ð13Þ

whereV is the volume,R the membrane rejection,
C�i f the mixing cup concentration, C the concen-
tration, superscripts o and f refer to the initial feed
solution and the filtrate, and subscripts o and w to
the original volume of the feed and the volume of
the wash solution.

In Figure 7b the fractional product loss is
shown as a function of the ratio of wash solution
volume Vw to feed solution volume Vo for mem-
branes with different rejection characteristics.
The concentration of a low molecular mass solute
is reduced to less than 1 % of its original value by
a wash solution volume five times that of the feed
solution volume when the membrane passes the
solute unhindered (i.e., R approaching 0), as
shown in Figure 7. If the solute is partially

Figure 7. a) Reduced retentate concentration in diafiltration
as a function of the ratio of rinse water volume to diafiltration
vessel volume calculated for various membrane retentions,
and b) fractional product loss in diafiltration as a function of
the rinse water volume calculated for different membrane
retentions
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rejected by the membrane, correspondingly more
wash solution is required to reduce the concen-
tration of the low molecular mass solute below a
certain value. On the other hand, when the mem-
brane rejects the macrosolute completely (i.e., R
approaching 1) no product is lost, but partial
rejection leads to significant product loss, as
shown in Figure 7b.

2. Gas Separation

In gas separation, a feed stream enters a mem-
brane device as indicated in Figure 8. Under the
driving force of a hydrostatic pressure difference,
some components permeate the membrane while
others are retained, and a feed stream is split into
a permeate and a retentate.

The different flow streams illustrated in
Figure 8 are related with each other by the mass
balance:

QfXf
j ¼ QpXp

j þQrXr
j ð14Þ

where Q is the flow stream, X the molar fraction
of the component j, superscripts f, p, and r refer to
feed, permeate, and retentate, respectively, and
subscript j refers to a component in the gas
mixture.

If the membrane has a higher permeability for
one of the components in the feed mixture than
for others, this component is enriched in the
permeate and depleted in the retentate. Gases
can be separated in microporous and in homoge-
neous membranes. The selectivity of micropo-
rous membranes is generally rather low because
of the Knudsen diffusion transport mechanism.

For a practical application of gas separation it
is of interest:

. To what extent can a given gas mixture be
depleted of a certain component?

. To what extent can a given component be
enriched in the permeate?

. How much of the original feed stream can be
recovered as permeate or retentate?

. Which hydrostatic pressure difference is
needed to achieve the desired separation?

. How much membrane area is required for this
operation?

There are three crucial parameters that deter-
mine the efficiency of a membrane separation
process. These are the membrane selectivity Si,k,
the ratio of the feed to permeate pressure, and
the stage cut. The selectivity is given by the
membrane properties and can be expressed by:

Sj;k ¼ Pj

Pk
ð15Þ

The pressure ratio and the stage cut are operating-
related parameter given by:

F ¼ pp

pf
ð16Þ

and

q ¼ Qp

Qf
ð17Þ

where S and P are the membrane selectivity and
the permeability, F and p the pressure ratio
and the hydrostatic pressure, q and Q the stage
cut and the gas flow rate, and subscripts j, k, p, and
f refer to the components j and k, the permeate,
and the feed.

The membrane separation factor aj,k and the
membrane enrichment factor bj,k are related to
the membrane selectivity and the pressure ratio
by:

ajk ¼
Xp
j X

f
k

Xf
j X

p
k

¼ Sj;k
Xp
j F�Xf

j X
f
k

Xp
kF�Xf

k X
f
j

ð18Þ

and

bj ¼
Xp
j

Xf
j

¼ aj;k

1þðaj;k�1ÞXf
j

ð19Þ

wherea is the separation factor, b the enrichment
factor, S the membrane selectivity for a binary
mixture, F the pressure ratio, X the molar frac-
tion, subscripts k and j refer to two components,
and superscripts f and p to the feed and the
permeate.

Figure 8. Schematic illustrating gas separation as a unit operation
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The pressure ratio F has a value between 0
and 1. Thus, the maximum separation and
enrichment is achieved when the pressure ratio
approaches zero. The effect of the pressure ratio
on the enrichment or the separation that can be
achieved in a separation process depends also
on the construction of the membrane module
and the mode of operation, such as cocurrent or
countercurrent or complete mixing of feed and
permeate. This makes the calculation of the
enrichment as a function of the pressure ratio
rather complex and requires numerical solu-
tions which are described in detail in the litera-
ture or provided by companies selling gas
separation equipment [1, 4–6]. Only for very
simple cases such as complete mixing of
permeate and retentate or for a very low stage
cut can the composition of the permeate be
calculated to a first approximation by [7]:

Xp
j ¼ Xf

jF
2

þ 1

2
þ F
2ðSj;k�1Þ

� Xf
jF
2

þ 1

2
þ F
2ðSj;k�1Þ

 !2

� Sj;kFXf
j

ðSj;k�1Þ

2
4

3
5
0:5

ð20Þ

A practical application of gas separation is the
enrichment of oxygen in air using a silicone
rubber membrane which has a selectivity of 2.
The molar fraction of oxygen in air is assumed to
be 0.2 and the stage-cut is assumed to be 0. In
Figure 9 the calculated enrichment factor b and
the separation factor a are shown as a function of
the pressure ratio.

The example of oxygen enrichment in air
illustrated in Figure 9 shows that the maximum
separation and maximum enrichment can only be
achieved when the ratio of permeate over feed
approaches 0, that is, when either the feed pres-
sure is infinitely high or the permeate pressure
approaches 0 and when the stage cut is 0. The
above example also shows that the maximum
molar fraction in air that can be achieved in gas
separation using a silicone rubber membrane is
about 0.33 if the pressure ratio and the stage cut
approach 0.

The flux through a membrane is proportional
to the pressure difference between the feed and
the permeate side, as indicated in ! Membrane
Separation Processes, 1. Principles, Equation 85.
This means that to obtain high fluxes the pressure
difference between feed and permeate should be

as high as possible, and to obtain high separation
the pressure ratio between the permeate and the
feed should be as low as possible.

In gas separation the achievable separation or
enrichment of a component in the permeate or
retentate depends not only on the membrane
properties and the applied hydrostatic pressure
ratio but also on the so-called stage cut, which
corresponds to the recovery rate used in filtration
processes and which is given by:

q ¼ Vp

V f
or q ¼ Qp

Qf
ð21Þ

if a continuous process as shown in Figure 5 is
considered.

Here q is the stage cut,V andQ are the volume
and the volume flux, respectively, and super-
scripts p and f refer to permeate and feed. The
stage cut has a value between 0 and 1.

The molar fraction of a component in the feed,
the permeate, and the retentate is related to the

Figure 9. a) The oxygen enrichment factor a and b) the
separation factor b as a function of the pressure ratio for a
membrane selectivity SO2/N2 of 2 and a feed composition of
XO2/XN2 of 0.2/0.8
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stage cut by the mass balance expressed in
Equation (14). Introducing the stage cut in this
equation leads to:

Xf
j ¼ qXp

j þð1�qÞXr
j ð22Þ

where Xj is the mole fraction of component j and
superscripts f, p, and r refer to feed, permeate, and
retentate.

The permeate and retentate concentration as a
function of the stage cut is illustrated in Figure 10
for the separation of oxygen and nitrogen. The
calculation is based on a membrane selectivity
SO2/N2 of 2 and a feed composition XO2/XN2

of 0.2/0.8. Furthermore, it is assumed that the
pressure ratio of permeate and retentate pressure
approaches 0 and the retentate and permeate are
completely mixed. Under the above conditions
the highest oxygen concentration that can be
reached in the permeate is 0.33 when the stage
cut approaches 0. The lowest oxygen concentra-
tion in the retentate of 0.11 is reached when the
stage cut approaches 1.

In practical applications gas separation sys-
tems are not operated with complete mixing of
the permeate and retentate, and the calculation of

the permeate and retentate concentrations
becomes significantly more complicated and
depends on the membrane module design and
flow conditions of permeate and retentate. In gas
separating modules three idealized flow patterns
can be assumed (Fig. 11). The effect of the
various flow patterns on the performance of a
unit is rather significant. The determination of
the required membrane area and separation char-
acteristics for the different flow patterns for
binary and multicomponent mixtures are de-
scribed in the literature, and computer programs
for parametric studies are available for all flow
patterns [4–6].

The separation obtained in a single permeation
stage can be multiplied many times, if necessary,
by connecting an appropriate number of stages in
series to form a countercurrent permeation cas-
cade. There are two possible arrangements. In
the first arrangement there is no reflux of the
retentate. A typical section of a permeation
cascade without reflux of the retentate is shown
in Figure 12a. In this simple arrangement the
permeate from stage n becomes the feed for the
next higher stage nþ 1, and the retentate is
disposed of. In the second case the retentate is

Figure 10. a) The oxygen permeate and b) the oxygen
retentate concentration as a function of the stage cut assuming
complete mixing of permeate and retentate, for a membrane
selectivity SO2/N2 of 2, and a feed composition of XO2/XN2 of
0.2/0.8

Figure 11. Schematic illustrating three idealized feed and
permeate flow patterns used in gas separation systems.
a) Complete mixing of feed and permeate; b) Countercurrent
plug flow of feed and permeate; c) Cocurrent plug flow of feed
and permeate
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refluxed, that is, the retentate of stage n is mixed
with the next lower stage n�1 and so on. All
permeate streams must be recompressed before
entering a higher stage. The simple cascade with-
out reflux of the retentate is only of use when the
retentate is virtually of no value and large enrich-
ment factors or product concentrations in the
permeate are required. If a cascade with reflux
of the retentate is used there are two sections
depending on the position where the original feed
solution is introduced into the cascade. One is the
so-called enrichment section where the product
is enriched in the permeate, and the other is
the stripping section where the product is enriched
in the retentate. The principle of a permeation
cascade with reflux of the retentate is illustrated in
Figure 12b.

The number of stages needed for a required
separation factor can be determined by the
McCabe – Thiele method, a graphical procedure
commonly used in the design of distillation
columns. The subject of cascade operation is of
rather fundamental importance for all separation
processes and therefore treated in detail in the
corresponding literature [8].

The graphical procedure of determining the
number of stages is based on two basic relations.
One is the equilibrium curve expressing the
relation between the composition of the permeate
and the retentate in one stage; this is a function of
the membrane properties, operating pressures,
stage cut, and flow pattern. The second curve is
the operating line, which describes the relation

between the composition of the permeate leaving
stage n and that of the retentate of the next higher
stage. The operating line depends on the operat-
ing scheme used in a cascade (e.g., variable or
constant stage cut) and is the material balance
between two stages. The application of the coun-
tercurrent flow principle in a reflux cascade has
led to the development of the membrane column
[9]. In analogy to distillation a membrane
column can be regarded as a reflux cascade with
an infinite number of stages, and like a reflux
cascade the membrane column will produce an
enriched retentate in the stripping section and an
enriched permeate in the enrichment section.
Compared to the normal cascade the membrane
column has the advantage of being able to
produce highly enriched products both in the
permeate and retentate without pressurizing
the permeate before it enters the next stage of
the cascade, and it thus requires less energy for
compression of the gas. On the other hand, the
membrane column requires a significantly high-
er membrane surface area. Whether a column or
a cascade is optimal for a given separation
problem must be decided by an economic
analysis. It is highly dependent on membrane
properties and module design. Although the
membrane-column concept can in principle be
applied to other membrane separation processes
such as reverse osmosis, it is most important for
gas separation.

3. Pervaporation

In pervaporation, volatile organic components
are removed from a liquid feed mixture through a
semipermeable membrane into a gas phase. The
separation of components from a liquid mixture
is determined not only by differences in their
vapor pressures, as is the case in distillation,
but also by their permeation rates through the
membrane. As in gas separation the driving
force for the transport is the chemical potential
gradient of the permeating components in the
membrane, which can be related to the partial
vapor pressures in the liquid and vapor phase. In
gas separation, the chemical potential difference
is induced by a hydrostatic pressure difference. In
pervaporation, however, the chemical potential
gradient is usually induced by applying a vacuum
on the permeate side of a membrane, or by

Figure 12. Flow diagram of permeation cascades a) without
reflux of the retentate and b) with reflux of the retentate
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applying a temperature difference between the
liquid feed mixture and the permeate gas phase.
A sweeping gas can also be used to remove the
permeating component. The mass transport in a
pervaporation membrane can be described by the
same mathematical relations as the gas transport
with the exception that the chemical potential in
the membrane on the feed side of the membrane
is expressed by the molar fraction and the activity
coefficient in the liquid phase as discussed in
Section 21.

The different modes of operation in perva-
poration are illustrated in Figure 13.

4. Dialysis

Dialysis was one of the first technically used
membrane separation processes and today is
still among the most important commercially.
A large fraction of today’s artificial kidneys
are dialyzers, and hemodialysis is the largest
single application of a membrane separation
process.

In a dialyzer, one or more solutes are trans-
ferred from the feed solution to the dialysate or
stripping solution through a membrane under
the driving force of a concentration gradient.
The principle of the process has been discussed
earlier. The mass transfer in a dialyzer is

illustrated in Figure 14. A dialyzer cell con-
tains two chambers separated by a membrane.
A feed solution to be depleted of a solute is
pumped through one chamber while the re-
ceiving fluid (dialysate) is passed through the
other chamber. The three most common modes
of operating a dialyzer are parallel flow and
countercurrent flow of feed solution and dial-
ysate and feed flow with the dialysate
completely mixed.

The overall efficiency of a dialyzer is gov-
erned by two interdependent factors: the ratio of
the flow rates of the two fluids and the rate
constant for solute transport between the fluids,
which is determined by membrane properties,
membrane area, fluid channel geometry, and
local fluid velocities. A material balance can be
expressed by:

Ni ¼ QfðCf
i�outCf

i Þ ¼ QdðCd
i �inCd

i Þ ð23Þ

whereN is the overall transport rate of the solute,
Q and C are the volume flow rate and the
concentration, subscripts i, f, and d refer to a
component, the feed solution, and the dialysate,
and superscripts f and d, and in and out refer to
feed and dialysate, and inlet and outlet. The
overall rate of solute transport is also expressed
by:

Ni ¼ JiA ¼ k � AD �Ci ð24Þ

where Ji is flux rate and DC�i the average con-
centration difference of component i between
the fluids, A the membrane area, and k* the
overall rate constant. The efficiency of a dialyz-
er is expressed in terms of its dialysance Df,
which is defined as [10]:

Df ¼ N

Cf
i�inCd

i

¼ k�ADC�i
Cf
i�inCd

i

ð25Þ

Figure 13. Schematic illustrating different operation modes
used in pervaporation: a) vacuum-driven pervaporation,
b) temperature-difference-driven pervaporation, and
c) sweeping-gas-driven pervaporation

Figure 14. Operating scheme of a dialyzer (Q and C refer to
volume flow rate and concentration of the component to be
removed, subscripts f and d to feed solution and dialysate, and
superscripts in and out to inlet and outlet)
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The dimensionless ratio Df/Qf is a convenient
efficiency parameter, because it represents the
fraction of maximum attainable solute depletion
actually achieved in the feed.

The proper average solute concentration
difference is the logarithmic mean of the inlet
and outlet differences. The mean concentration
difference between the feed and dialysate so-
lution depends on the membrane module de-
sign and the mode of operation, that is, com-
plete mixing of feed and dialysate or co- or
countercurrent flow. The calculation of the
dialysance for the different operation modes
by simultaneous solution of Equations (23) to
(25) using the logarithmic mean concentration
difference as driving force is described in the
literature [10].

In dialysis with cation- or anion-exchange
membranes, which is used to recover acids or
bases from a mixture with salts, the recovery rate
of the acid or base and the maximum concentra-
tion that can be achieved is of interest. The
recovery rate is given by:

D ¼
outC d

i Q
d

inC f
i Q

f
ð26Þ

where D is the recovery rate of the desired
product (acid or base), C the concentration, Q
the volume flow through the dialysis cell, and
superscripts f and d, and in and out refer to feed
and dialysate, and inlet and outlet.

The recovery rate D determines how much of
the acid or base which is in a mixture with a salt
can be recovered. D has a value between 0 and 1.
It is related to the concentration of the recovered
product and the concentration in the depleted
solution at the cell exit by:

outCd
i ¼

Qf

Qd
DinC f

i ð27Þ

and

outCf
i ¼ ð1� DÞ inC f

i ð28Þ

According to Equations (23) to (28) the concen-
tration of a component such as an acid or base in
the final dialysate or the depleted feed solution
can be determined as a function of the overall
mass transfer coefficient, the total membrane
area, and the volume flow rates of the feed and
the product for different dialysis operations
modes [11].

The modeling of diffusion dialysis only on the
basis of concentration differences, as suggested
in the literature [11], does not consider electro-
chemical interactions of the different ions (i.e. a
diffusion potential or osmotic and electroosmotic
effects) and can therefore only be considered as a
first approximation for the design of a diffusion
dialysis process.

5. Electrodialysis

The basic concept of electrodialysis is discussed
in ! Membrane Separation Processes, 1. Prin-
ciples, Section 3.7. Although there are many
different components necessary for the proper
operation of an electrodialysis plant such as the
electrical power supply, pumps, and control and
monitoring devices, the stack is a key compo-
nent in an electrodialysis unit. For designing and
operating an electrodialysis stack certain pro-
cess parameters must be taken into account and
be controlled such as the feed solution concen-
tration and the desired product and brine con-
centrations. Various modes of operation are
possible such as batch or continuous. In many
cases the desired desalination or concentration
of a feed solution cannot be obtained in a single
pass through the electrodialysis cells. To
achieve a higher degree of desalination or con-
centration two or more stacks are placed in
series. When high product recovery rates are
required part of the brine may be recycled. A cell
arrangement of an electrodialysis stack is shown
schematically in Figure 15.

An electrodialysis stack is composed of a
multitude of cells placed in parallel between two
electrodes. The different cells are separated by
ion-exchange membranes. In alternating cells a
feed solution is concentrated and desalinated,
respectively. A spacer-gasket arrangement sepa-
rates the membranes and contains the manifolds
to distribute the process fluids in the different
compartments. In designing and operating an
electrodialysis stack, several criteria concerning
the hydrodynamic and electrical properties must
be considered. A proper electrodialysis stack
design should provide a maximum effective
membrane area per unit stack volume and ensure
equal and uniform flow distribution in each
compartment. Any leakage between the diluate,
concentrate, and the electrode cells should be
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prevented. The spacer screen should provide
maximum mixing of the solutions at the mem-
brane surfaces and should cause a minimum in
pressure loss [12, 13]. In practice, two different
stack types are used on a large scale: sheet-flow
and the tortuous path flow stacks. In a sheet-flow
electrodialysis stack the solution flows in a
straight path from the entrance to the exit ports,
which are located on opposite sides of the gasket,
as indicated in Figure 16a.

In the tortuous path flow stack, the membrane
spacer gaskets have a long serpentine cutout
which defines a long narrow channel for the fluid
path and provides higher residence times of the
solution in the cells even at high flow velocities.
A tortuous path flow spacer gasket is shown
schematically in Figure 16b.

The distance between the membrane sheets
(cell thickness) should be as small as possible to
minimize energy consumption due to electrical

resistance of the solutions. In industrial-size
electrodialysis stacks, membrane distances are
typically between 0.3 and 2 mm. A spacer is
introduced between the individual membrane
sheets to support the membrane and to control
the solution flow distribution.

Solution flow velocities in sheet-flow stacks
are typically 3 – 10 cm s�1, whereas in tortuous
path flow stacks the solution flow velocities are
15 to 50 cm s�1. Because of higher flow veloci-
ties and longer flow paths, higher pressure drops
on the order of 2 – 3 bar are obtained in stacks
with tortuous path flow spacers compared to
sheet-flow systems, which have pressure drops
between 0.5 and 2 bar. In a practical electrodial-
ysis system, 200 to 1000 cation- and anion-
exchange membranes are installed in parallel to
form an electrodialysis stack providing 100 to
500 cell pairs. At each end of a stack is an end-
plate that contains the electrodes. Depending on
the feed solution composition and the product
requirements electrodialysis units can be operat-
ed in batch-type, continuous, or feed-and-bleed
mode with partial recycle of the diluate and
concentrate streams.

In practical applications two basic concepts
of electrodialysis are used. One is referred to as
unidirectional electrodialysis [14] and the other
as electrodialysis reversal [15]. In a unidirec-
tionally operated electrodialysis stack the elec-
trical potential gradient across the stack is
permanently applied in one direction, and the
diluate and concentrate cells are also perma-
nently fixed over the period of operation. Uni-
directionally operated electrodialysis plants
are rather sensitive to membrane fouling and

color

fig

Figure 15. Schematic illustrating the construction of a sheet-flow electrodialysis stack

Figure 16. Concept of a) a sheet-flow and b) a tortuous path
flow electrodialysis spacer gasket
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scaling and often require frequent stack-clean-
ing procedures. In electrodialysis reversal the
change of the electric potential across the stack
is accompanied with a reversal of the flow
streams, so that the diluate becomes the con-
centrate and vice versa. In practical applica-
tions the polarity is changed at time intervals
ranging from a few minutes to several hours.
The advantage of electrodialysis reversal is that
precipitates in the brine cells are redissolved
when the polarity is reversed and the brine cell
becomes the diluate cell. During the reversal of
the polarity and the flow streams there is a brief
period when the concentration of the desalted
product exceeds the product quality specifica-
tion and must be discharged. Thus, in electro-
dialysis reversal a certain amount of the prod-
uct is always lost to the waste stream. This is
generally no problem in desalination of brack-
ish water, but it may be not acceptable in
certain applications in the food and drug indus-
try when feed solutions with high-value pro-
ducts are processed.

The main advantage of electrodialysis rever-
sal is that suspended matter, polyelectrolytes, and
multivalent salts that are precipitated on the
membrane surfaces are removed when the polar-
ity and the flow streams are reversed. This is
illustrated in Figure 17, which shows a typical
electrodialysis cell formed by a cation- and
anion-exchange membrane between two electro-
des. If an electric field is applied to a feed solution

containing negatively charged particles or large
organic anions these components will migrate to
the anion-exchange membrane and be deposited
on its surface. If the polarity is reversed the
negatively charged components will migrate
away from the anion-exchange membrane back
into the feed stream and the membrane properties
are restored. This procedure is very effective and
is used today in almost all electrodialysis water
desalination systems.

The degree of desalination that can be
achieved in passing the feed solution through a
stack is a function of the solution concentration,
the applied current density, and the residence
time of the solution in the stack, which is deter-
mined by the process path length. If the required
product concentrations are not achieved in a
single process path, electrodialysis can be oper-
ated as a multistage process or as a process with
feed and bleed in which the diluate or the con-
centrate or both are partially recycled. Staging
can be done by complete physical separation of
the stacks, with each having its own set of
electrodes, pumps, and power supply, or by
internal staging where one set of electrodes and
pumps is needed. A disadvantage of simple
staging is a constant recovery rate of the feed
solution. If variable recovery rates are desired the
system must be operated in a feed-and-bleed
mode. In this operating mode both the brine and
the product concentration can be controlled
independently.

Figure 17. Schematic illustrating the removal of deposited negatively charged colloidal components from the surface of an
anion-exchange membrane by reversing the electric field
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5.1. Mass Transport in an
Electrodialysis Stack

The degree of desalination in electrodialysis can
be expressed by a material balance between the
feed, the concentrate, and the diluate solutions. It
is a function of the residence time of the different
solutions in the cells, that is, the flow velocities of
the solutions, the membrane area in a cell pair,
and the applied current density. Calculation of
the complete mass balance between the diluate
and concentrate flow stream can be rather com-
plex for multicomponent solutions and high ion
concentrations, which means high osmotic pres-
sures and activity coefficients that deviate largely
from 1 and when the two flow streams have
different flow velocities and directions. How-
ever, in many electrodialysis applications the
concentrate and diluate cells have identical
geometries and flow conditions, that is, the flow
in both cells is cocurrent and of identical velocity.
The transfer of ions in such a cell arrangement is
illustrated in Figure 18.

The figure shows a cell pair of an electrodi-
alysis stack with diluate and concentrate flow

streams parallel to the membrane surface in the x
direction. The geometry of both cells are iden-
tical and the two flow streams have the same
flow velocity. It is assumed that the concentra-
tion potential between the two flow streams due
to different concentrations in the diluate and
concentrate solutions is negligibly low com-
pared with voltage drops due to the resistance
of the solutions, and that changes in the resis-
tance of the solutions due to the boundary layer
effects are also negligible. Finally, it is assumed
that all diffusion processes between the two flow
streams can be neglected and the only driving
force for the transport is the electrical potential
gradient, which is constant over the entire cell
length.

Under the above-stated assumptions the
degree of desalination of a given feed solution,
that is, the changes in the ion concentration in the
diluate and concentrate cells in an area element
expressed in equivalents, can be calculated as a
function of the solution properties, the applied
voltage, and the stack design by:

dCd
s ¼ �dCc

s ¼ dDCs ¼ Js ð29Þ

Figure 18. Schematic illustrating the flow of diluate and concentrate streams parallel to the membrane surface in a cell pair of
an electrodialysis stack and the concentration change between diluate and concentrate solution DCs due to the ion flux through
the membrane
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Furthermore:

Js¼ ix
FQcell

dAcell; dAcell ¼ Y dx; and i ¼ Ucell

DðCc
sþCd

s Þ
LsCc

sC
d
s
þramþrcm

ð30Þ
where i is the current density, F the Faraday
constant, x the current utilization, Ucell the
applied voltage across the cell pair, dAcell a cell
pair area element, D the thickness of the cell, Ls

the equivalent conductivity of the solution
(average value for the concentration range con-
sidered), ram and rcm are the resistances of the
anion- and cation-exchange membranes, and
dCs

d and dCs
c the concentration changes in a

volume element of the diluate and concentrate
cell, dDCs is the concentration change in a
volume element of the diluate and concentrate
cell due to the ion flux through the membrane,
Qcell the flow stream in the diluate or concen-
trate cell, Y the cell width, and dx a distance
change in direction of the flow stream parallel to
the membrane surface.

Introducing Equation (29) into Equation (30)
and integrating over the cell length leads to:

ln
Cc
sC

fd
s

Cd
sC

fc
s

þLsðramþrcmÞðCfd
s �Cd

s Þ
D

¼ LsxUcellYX

FQcellD
ð31Þ

where Cs
fdand Cs

fc are the concentrations of the
diluate and the concentrate at the cell inlet, and
Cs

d and Cs
c the concentrations of the diluate and

the concentrate at the cell outlet.
The total flow of the diluate or concentrate

solution through a stack is given by:

Qst ¼ N Qcell ¼ NDYu ð32Þ
where Qst is the total solution flow of the
diluate or the concentrate through the entire
stack, Qcell the flow through one cell, N the
number of cells in the stack, D the thickness
and Y the width of a cell, and u is the linear
flow velocity in the cell.

The total voltage across the stack Ust is given
by:

Ust ¼ NUcell ð33Þ

Equations (31) to (33) give the relations between
the various stack construction data such as cell
length, cell width, and cell thickness, the solution
properties such as the concentrations and con-
ductivities of the feed, the concentrate, and the
product, the flow velocity in the cells, and the

applied voltage. However, to design an electro-
dialysis stack for a certain plant capacity on the
basis of Equation (33) it must be taken into
consideration that the current density cannot
exceed a certain value, which is referred to
as limiting current density. Since the applied
voltage is related to the current density it should
not exceed a certain value.

The current density and thus the voltage that
can be applied in a practical electrodialysis,
however, is limited due to concentration polari-
zation and ion depletion at the membrane
surfaces in the diluate cell. The causes and con-
sequences of the limiting current density are
discussed in more detail below.

Introducing the limiting current density into
Equation (30) and multiplying by the number of
cell pairs in the stack gives the limiting applied
voltage across the stack Ust,lim:

Ust;lim ¼ ilim
ND
Ls

Cd
s

Cc
s

þ1þLsC
d
s

D
ðramþrcmÞ

� �
ð34Þ

where ilim is the limiting current density, Cs
d and

Cs
c are the concentrations in the diluate and

concentrate solutions, Ls is the equivalent con-
ductivity of the salt solution, ram and rcm are the
area resistances of the anion- and cation-
exchange membranes, D is the cell thickness,
and R the number of cell pairs in the stack.

Combination of Equations (31), (33), and
(34) and rearranging gives the required mem-
brane area of the complete stack as function
of the cell geometry, the applied voltage, the
concentrations of the feed, concentrate, and
diluate solutions, and the solution flow veloci-
ties:

Ast ¼ Ncell

ln Cc
sC

fd
s

Cd
s C

fc
s
þ LsðramþrcmÞðCfd

s �Cd
s Þ

D

h i
Cd
s

Cc
s
þ1þ LsCd

s
D ðramþrcmÞ

h i YuDuD d
s

x ilim
ð35Þ

whereAst is the total cell pair area installed in the
stack, Ncell the number of cell pairs in the stack,
Cs

fd andCs
fc are the concentrations of the diluate

and the concentrate at the cell inlet, Cs
d and Cs

c

are the concentrations of the diluate and the
concentrate at the cell outlet,Ls is the equivalent
conductivity of the salt solution, ram and rcm are
the area resistances of the anion- and cation-
exchange membranes, D is the cell thickness,
i.e., the distance between the cation- and anion-
exchange membrane, Y the cell width, u the
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linear flow velocity, F the Faraday constant, ilim
the limiting current density, and z the current
utilization.

From the cell pair area required for a certain
plant capacity and the cell dimensions the pro-
cess path length Lpp can be determined by:

Lpp ¼ Acell

Y
ð36Þ

It becomes equal to the cell length X when
desalination is achieved in one pass through the
cell.

5.2. Energy Requirements in an
Electrodialysis Desalination Process

The total energy requirements in a practical
electrodialysis process is the sum of four
terms:

. The energy required for the transport of ions
from a feed to a concentrate solution.

. The energy necessary to pump the solutions
through the stack from a feed solution reservoir
to the product tank and brine disposal.

. The energy consumed by the electrode reac-
tions.

. The energy required to operate various process
control and measuring instruments.

The last two terms can generally be ne-
glected in larger capacity plants. However, they
can be significant in specific applications of
small-capacity plants used in the chemical
industry or in the treatment of certain waste-
water streams.

The required electrical power for the transfer
of ions in a desalination process is given by the
total current passing through the stack multiplied
by the applied voltage. The total current passing
through a cell pair is given by:

I ¼ NcellQcellFðCfd
s �Cd

s Þ
x

ð37Þ

where I is the total electric current passing
through the cell pair, Qcell the flow rate of the
solution in the diluate cell, Cs

fd and Cs
d are the

diluate feed and product equivalent concentra-
tions, and Ncell is the number of cell pairs in the
stack.

The electric power Pdes required for the desa-
lination process in a stack is given by:

Pdes ¼ NcellUcellI ¼ FQcellðCfd
s �Cd

s Þ
x

NcellUcell ð38Þ

Introducing Equations (30) and (31) into (38) and
rearranging gives the power requirement for the
desalination process in a cell pair:

Pdes ¼ NcellUcellI

¼ Ncell

Acell

Dln Cfd
s C

c
s

Cfc
s C

d
s
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s �Cd

s Þ
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2
4

3
5 Qd
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s �Cd

s Þ
x

� �2

ð39Þ

Multiplying the power requirements for one
cell pair with the time of operation and the
number of cell pairs in the stack gives the energy
required for the amount of product obtained in
this time:

Edes ¼ NcellUcellI t

¼ Ncellt

Acell

Dln Cfd
s Cc

s

Cfc
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d
s

LsðCfd
s �Cd
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2
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s Þ
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ð40Þ

Thus, the specific energy required for a unit
volume of product is:

Edes=spce ¼ NcellUcellI

Qst

¼ Ncell

AcellQst

Dln Cfd
s C

c
s
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d
s
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ð41Þ
where Edes and Edes/spec are the desalination costs
for electrodialysis and the cost per unit volume of
product, I is the total current and Ucell the voltage
per cell, Ncell the number of cell pairs in a stack,
t the time of operation, Cs

fd and Cs
fc are the

equivalent concentrations of the diluate and
the concentrate at the cell inlet, Cs

d and Cs
c the

concentrations of the diluate and the concentrate
at the cell outlet,Ls is the equivalent conductivity
of the salt solution, ram and rcm are the area
resistances of the anion- and cation-exchange
membranes, D is the cell thickness, z the current
utilization, Qcell and Qst are the diluate flow
velocities in a cell and in the entire stack, respec-
tively, and Acell is the cell pair area.
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The energy needed to pump the various flow
streams through the stack is given by:

Ep=spce ¼
Ep

Qdt
¼ keff

ðQdD pdþQc D pcþQe D peÞ
Qd

ð42Þ

where Ep/spec is the total energy per unit diluate
water for pumping the diluate, the concentrate,
and the electrode rinse solution through the stack,
keff an efficiency term for the pumps, and Qd, Qc,
and Qe are the volume flow rates of the diluate,
the concentrate, and the electrode rinse solution
through the stack.

The energy consumed by the electrode reac-
tion and required for the operation of the control
and measuring instruments is generally neglected
or taken as a fixed item which is between 1 and
3 % of the energy used for ion transfer and
pumping of the solutions.

5.3. Electrodialysis Process Costs

The total production costs in electrodialysis are
the sum of fixed charges associated with amorti-
zation of the plant investment costs and of oper-
ating costs such as energy and maintenance
requirements. The investment costs include non-
depreciable items such as land and depreciable
items such as the electrodialysis stacks, pumps,
electrical equipment, monitoring and control
devices, and membranes. The required mem-
brane area for a given plant capacity is inversely
proportional to the current density and directly
proportional to the quantity and quality of the
product from a given feed solution.

The total operating costs of the electrodialy-
sis plant include energy and maintenance costs
and all pre- and post-treatment procedures.
They are also a function of the membrane prop-
erties, feed and product composition, and
several process and equipment design para-
meters such as stack construction. A dominant
role in electrodialysis process costs is played by
the applied current density, since it directly
affects the investment and energy costs. The
required membrane area decreases with increas-
ing current density, while the consumed energy
increases with increasing current density, as
shown by Equations (35) and (41). Thus, the
total product costs, which are the sum of energy
costs, amortization, and maintenance costs, are

a function of the current density and will reach a
minimum at a certain current density. This is
schematically shown in Figure 19.

Here the total process costs, the energy costs,
the amortization on membrane and hardware
investment, and the maintenance costs are shown
as function of the applied current density. The
optimum operating current density in electrodi-
alysis depends to a large extent on the equipment,
especially the membrane cost and life, and on the
cost of energy. The current density to be applied
in electrodialysis is determined by the limiting
current density, which should not be exceeded
because of possible pH changes in the diluate
and concentrate. However, in certain cases it is
possible to operate well above the limiting
current density [16].

In many applications, electrodialysis com-
petes with other separation processes. Although
the theoretically required minimum energy is
identical in all processes, the irreversible energy
dissipation differs considerably. The desalina-
tion of a saline solution by, for example, reverse
osmosis involves the passage of water through a
membrane under the driving force of a hydro-
static pressure difference, whereas in electrodi-
alysis the salt passes through a membrane under
the driving force of an electrical potential differ-
ence. The irreversible energy loss in reverse
osmosis is caused by hydraulic resistance of
the membrane to the water flux and is thus
independent of the feed salt concentration. In
electrodialysis the irreversible energy loss is
proportional to the number of ions transferred
from a feed to a concentrate solution, and thus for
a given product water concentration it is directly
proportional to the feed water concentration. For
feed solutions with low salt concentrations the

Figure 19. Schematic illustrating the process costs in elec-
trodialysis as a function of the applied current density
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energy requirements are therefore generally low-
er for electrodialysis than for reverse osmosis;
with feed solutions having a high salt concentra-
tion the situation is reversed.

Comparison of energy consumption in mass
separation processes must consider the fact that
in electrodialysis energy is required in the form
of electricity, a relatively expensive form,
whereas processes such as distillation use heat,
a relatively inexpensive form.

6. Bipolar Membrane Electrodialysis
Process Design

The basic concept of electrodialytic water
dissociation with bipolar membranes is dis-
cussed in ! Membrane Separation Processes,
1. Principles, Section 3.8. The main application
of this process is the production of an acid and
a base from the corresponding salt in a cell
arrangement consisting of cation- and/or
anion-exchange membranes and bipolar mem-
branes in alternating series between two elec-
trodes forming an array of individual cells. A
repeating unit may be composed of a three-
cell arrangement (Fig. 20a) or a two-cell ar-
rangement (Fig. 20b and c) [17]. In the three-
compartment cell design one cation-exchange,
one anion-exchange, and one bipolar membrane
with three flow streams in between them (i.e.,
the salt solution, the acid, and the base) repre-
sent a cell unit. In the two-compartment cell
design a cation-exchange and a bipolar mem-
brane, or an anion-exchange membrane and a
bipolar membrane with two flow streams in
between are arranged in parallel. One of the
flow streams contains the salt solution in a
mixture with the produced acid or base. In a
three-cell arrangement relatively pure acids and
bases are obtained. However, an additional
monopolar membrane is needed which will
increase the investment cost. The two-cell
arrangement results in an acid or a base in a
mixture with the salt. The two-cell arrangement
is often applied when the product has a relative-
ly low conductivity. This is, for instance, the
case when certain organic acids which have a
low degree of dissociation such as lactic acid are
recovered from a fermentation broth. Without
additional salt the poor conductivity in the acid

compartment would result in excessive power
consumption.

As in conventional electrodialysis various
modes of operation are possible such as
batch, feed-and-bleed, and continuous pro-
cesses [18].

The stack design used in electrodialysis with
bipolar membranes is basically the same as that
of the sheet-flow stack used in conventional
electrodialysis, with the exception that the basic
unit of an electrodialysis stack with bipolar
membranes consists generally of three cells.
Therefore, three separate flow streams must be
fed through the manifold in the individual cells
that form the repeating unit of the stack. The
current density used in electrodialysis with
bipolar membranes for the production of acids
and bases is generally an order of magnitude
higher than in most conventional electrodialysis
applications. The voltage drop across a cell unit is
also higher than in conventional electrodialysis
because of the additional resistance of the bipolar
membrane and the concentration potential
between the reaction layer of the membrane and
the outer phases. As a consequence of the high
current density the cell unit area is usually
significantly lower in bipolar membrane electro-
dialysis than that of conventional electrodialysis.
Because of the higher voltage drop over a cell
unit in electrodialysis with bipolar membranes
the number of repeating cell units is also much
lower than in conventional electrodialysis.

To design a bipolar membrane electrodialysis
plant of a certain capacity and given feed solution
and product requirements the necessary mem-
brane area and the applied voltage must be
determined. For a stack of three-cell units the
required membrane area can be expressed as
the cell unit area, which consists of a cation-
exchange membrane, an anion-exchange mem-
brane, and a bipolar membrane. The cell unit area
is related to the total current required for the
production of a certain amount of an acid and a
base by the current density.

Acell ¼ I

i
ð43Þ

where Acell is the cell unit area, I is the total
current passing through the stack or stacks in
series, and i is the average current density.

The total current for a certain production
capacity is given by:
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I ¼ QpF DCp

Ncellx
ð44Þ

where Qp is the total product flow, DCp the
concentration difference between the product
solution in the feed at the entrance of the first
stack and at the exit of the final stack, N the
number of cell units in a stack, F the Faraday
constant, and x the current utilization.

The average current density can be deter-
mined from the applied voltage and the resistance
of the cell unit.

When concentration potentials between the
three solutions are neglected the total voltage
drop consists of three major contributions:

. The potential drop due to the water dissociation
equilibrium

Figure 20. Schematic illustrating the cell arrangement in an electrodialytic water dissociation stack
a) A three-cell unit composed of an anion-exchange, a cation-exchange, and a bipolar membrane; b) A two-cell unit composed
of a cation-exchange and a bipolar membrane; c) A two-cell unit composed of an anion-exchange and a bipolar membrane
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. The potential drop due to the resistance of the
solutions

. The potential drop due to the resistance of the
membranes

A cell unit contains the salt, the acid and base
solutions, and the three membranes between
these solutions. The total voltage drop is the sum
of the water dissociation potential and the voltage
drop due to the resistance of the solutions and
membranes.

The voltage drop across a cell unit of a stack
which consists of geometrically identical cells
operated in cocurrent flow is given by:

Ucell ¼ i
�
D

1

LsC�s
þ 1

LbC�a

� �
þrtrþramþrcmþrbml

� �

þRT

F
ln
Ctr
HþCtr

OH�

Cb
HþCb

OH�

ð45Þ

where Ucell is the voltage drop across a cell unit, i�

the average current density along the cell in
direction of the flow velocity parallel to the
membrane surface, D the thickness of the indi-
vidual cells, C� the average concentration, L the
equivalent conductivity, r the area resistance, R
the gas constant, T the absolute temperature,F the
Faraday constant, superscripts tr, am, cm, bml,
and b refer to transition region, cation-exchange
membrane, anion-exchange membrane, the two
layers of the bipolar membrane, and the bulk
solution, respectively, and subscripts s, a, and b
to salt, acid, and base, respectively.

The average concentration is given by the
integral average over the process path length.
The average concentration for each ion is:

�Ci ¼
Cf i
i �Cpi

i

ln
Cfi
i

Cpi
i

� � ð46Þ

where �Ci is the average concentration of ion i in a
cell, Ci

fi and Ci
pi are the concentrations in the

bulk solution at the cell entrance, i.e., the begin-
ning of the process path length and the cell exit,
i.e., the exit of the process path length.

Introducing Equation (46) into Equation (45)
leads to:

Ucell ¼ �i D
X
i

ln
�

Cfi
i

C
p i
i

�

LiðCfi
i �Cpi

i Þ

0
B@

1
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OH�
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þ
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ln
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�
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C
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OH�

2
6666664

3
7777775

ð47Þ

whereUcell is the voltage drop across a cell unit, i�

is the average current density in the cell unit, and
subscript i refers to salt, acid, and base. All other
symbols are as defined in Equations (44) and
(45).

The required membrane area and the process
path length for a given capacity plant and given
feed solution and product concentrations as a
function of the current density are derived from
Equations (43) and (44):

A ¼ QpFðCfp
p �Cp

pÞ
i� x

ð48Þ

where A is the cell unit area, Qp is the product
volume flow, F is the Faraday constant, Cp

fp and
Cp

p are the concentrations of the product at the
cell entrance and the product at the cell exit, i� is
the average current density, x the current utiliza-
tion, and Ncell the number of cell units in a stack.

For a given stack design and number of cell
units in the stack the required process path length
is given by:

Lpp ¼ A

YNcell
ð49Þ

where Lpp is the process path length, Y the cell
width,Qp the product volume flow,F the Faraday
constant, Cp

fp and Cp
p are the concentrations of

the salt at the beginning and the end of the process
path length; and Nst is the number of stacks in
series.

6.1. Operating Modes in Bipolar
Membrane Electrodialysis

There are several operating modes for the bipolar
membrane stack. Depending on the feed solution
concentration and the product requirements the
process may be operated in a batch or continuous
mode. In practical applications it is often operat-
ed in a feed-and-bleed mode as illustrated in
Figure 21.

With partial recycling of the acid, the base,
and the salt solution a constant product concen-
tration can be achieved by adjusting the feed
and bleed streams and accordingly changing the
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recirculation rates of the acid, the base, and the
salt solution flow streams.

6.2. Energy Requirements in
Electrodialytic Water Dissociation

The energy required in electrodialytic water
dissociation with bipolar membranes is the sum
of three terms:

. The electrical energy required to transfer salt
ions from the feed solution and protons and
hydroxide ions from the bipolar membrane into
the acid and base solutions.

. The energy required for the water dissociation
in the bipolar membrane.

. The energy consumption for pumping the so-
lutions through the stack.

Energy consumption due to electrode reac-
tions can generally be neglected when more than
50 – 100 cell units are stacked between the two
electrodes [11]. The energy required for the
dissociation of water at constant temperature and
pressure can be calculated for solutions with
different Hþ ion activities (i.e., pH values). The
Gibbs free energy required for the production of
acids and bases in a bipolar membrane is:

DG ¼ �RTln
Ctr
HþCtr

OH�

Cb
HþCb

OH�
¼ �2:3 RT D pH ð50Þ

where DG is the Gibbs free energy, R the gas
constant, T the absolute temperature, F the Fara-
day constant, Ctr

Hþ , Ctr
OH� , Cb

Hþ , and Cb
OH� , are the

proton and hydroxide ion concentrations in
the transition region of the bipolar membrane
and the bulk solutions in contact with the bipolar
membrane, and DpH is the difference between

the pH values of the two solutions separated by
the bipolar membrane.

The Gibbs free energy for water dissociation
varies slightly, depending on the salt being
processed, the concentration of acid and base
generated, and the temperature. For the produc-
tion of 1 N acids and bases at 25 �C the theo-
retical free energy varies between 0.056 and
0.058 kW�h mol�1 and the electromotive force
between 2.1 and 2.2 V.

6.3. Total Energy Required for
Production of an Acid and a Base

The total energy required for acid and base
production includes energy losses due to the
resistances of the solutions and membranes and
is given by the current passing through the stack
multiplied by the total voltage drop encountered
between the electrodes:

Epro ¼ I U t ð51Þ
where Epro is the energy consumed in a stack for
the production of an acid and a base, I the current
passing through a stack or a series of stacks,U the
voltage applied across the stack (i.e., between the
electrodes), and t the operating time.

The voltage drop in a stack arrangement is
caused by the electrical resistances of the solu-
tions and the membranes in the stack and by the
potentials which are established between solu-
tions of different ion concentrations. The voltage
drop per cell unit under the assumption that the
stacks consist of geometrically identical cells
which are operated in cocurrent flow with equal
velocity is given by Equation (46). The required
current for the production of a given amount
of acid and base is given by Equation (44).

Figure 21. Flow scheme of a bipolar membrane electrodialysis stack operated in a feed-and-bleed mode, i.e., with partial
recycling of the acid, the base, and the salt solution
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Introducing Equations (44) and (46) into Equa-
tion (51) and considering the voltage drop across
the entire stack, the total energy for the produc-
tion of a given amount of acid and base from the
corresponding salt solution is given by:

Epro ¼ I Ncell Ucell t ¼ Nst�i
DP
i LC�i

þrtrþramþrcmþrbml

�

þ 2:3 RT�DpH
�i F

Þ QpFðCfp
p �Cp

pÞ
Ncell x

 !
t ð52Þ

where Epro is the energy for the production of a
certain amount of acid and base, I the current
passing through the stack, Ncell the number of
cell units in a stack, Ucell the voltage drop across
a cell unit, i� the average current density, D the
thickness of the individual cells, C�i the average
concentration, Li the equivalent conductivity,
r the area resistance, x the current utilization,
R the gas constant, T the absolute temperature,
F the Faraday constant, D� pH the average
difference in the pH value between the solution
in the transition region of the bipolar membrane
and the two adjacent bulk solutions, subscript
i refers to salt, acid, and base, superscripts
tr, am, cm, and bml to the transition region,
the cation-exchange membrane, the anion-
exchange membrane, and the two layers of the
bipolar membrane, Cp

fp and Cp
p are the con-

centrations of the acid or base at the cell inlet
and the cell outlet, Qp is the total flow of the acid
or base through the stack, and t the time.

The total current I passing through the stack,
which is identical to the current through a cell
unit, is related to the average current density i�and
the area of a cell Acell unit by:

I ¼ QpFðCfp
p �Cp

pÞ
Nst x

¼ �i Acell ð53Þ

Introducing Equation (53) into (52) gives the
energy for the production of a certain amount
of acid and base:

Epro¼Nst Acell
DP
i LC�i

þrtrþramþrcmþrbmlþ 2:3 RT D�pH
i� F

� �

QpFðCfp
p �Cp

pÞ
Acell Nst x

 !2

t ð54Þ

where the symbols are as defined in Equation
(52).

The term
QpFðCfp

p �Cp
pÞ

Acell Nst x is identical to the current
density. This means that for a given stack design
the acid and base production energy Epro is
proportional to i2.

The average concentrations of the acid, the
base, and the salt in the bulk solutions C�i can be
expressed by an integral average of the solutions
at the cell inlet and the cell outlet Ci

fi and Ci
pi,

respectively, as indicated by Equation (47).
Thus, the electrical energy consumption for the
production of an acid and a base in electrodialytic
water dissociation with bipolar membranes can
by calculated as a function of the applied current
density, the produced acid and base concentra-
tions, and the volume of acid and base, and by the
current utilization, which is affected by hydraulic
leaks between the cells, current flow through
the manifold system, and transport of co-ions,
especially protons and hydroxide ions, through
membranes that are not strictly permselective.
All these effects are expressed in the current
utilization x.

6.4. Total Process Costs

The estimation of the total production costs in
bipolar membrane electrodialysis follows the
general procedure applied in conventional elec-
trodialysis. The main difference is that in addi-
tion to the monopolar membranes bipolar mem-
branes are needed and that the energy costs are
increased by the additional energy required for
water dissociation in the bipolar membrane.

Furthermore, the applied current density is
only limited by water diffusion into the bipolar
membrane and is generally significantly higher
than in conventional electrodialysis. The opti-
mum operating current density in bipolar mem-
brane electrodialysis in practical applications is
on the order of 1000 A m�2 [19].

7. Continuous Electrodeionization
Process Design

Continuous electrodeionization is widely used
today to produce high-quality deionized water
for the preparation of ultrapure water in the
electronics industry and in analytical laboratories
[20–22].
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The process design and the different hard-
ware components needed in electrodeionization
are very similar to those used in conventional
electrodialysis. The main difference is the stack
construction. The diluate cell, and sometimes
also the concentrate cell, is filled with an ion-
exchange resin, which affects the flow distribu-
tion and the pressure drop of the solution in the
cell drastically. Therefore, the dimensions of
the diluate and concentrate cells are generally
quite different. The different concepts used for the
distribution of the cations and anions in the cell
are illustrated in Figure 22. In the conventional

electrodeionization process the diluate cell is
filled with a bed of mixed ion-exchange resins
with a ratio of cation- to anion-exchange resin
close to 1, as shown in Figure 22a. The cation- and
anion-exchange resins can also be placed in
separate beds in series in a stack as is illustrated
in Figure 22b. The main difference between the
electrodeionization system with the mixed ion-
exchange resin bed and the system with separate
beds is that in mixed-bed electrodeionization
systems anions and cations are simultaneously
removed from the feed while the solution leaving
the diluate cell is neutral. In the electrodeioniza-
tion system with separate anion- and cation-
exchange beds the anions are first exchanged by
the hydroxide ions generated at the cathode, and
the solution leaving the cation-exchange bed is
basic. This solution is then passed through the cell
with the cation-exchange resin, where the cations
are exchanged by the protons generated at the
anode. At the exit of the cation-exchange cell
the solution is again neutral. The production of
the Hþ and OH� ions can also be accomplished
by bipolar membranes instead of electrodes [23].
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